
Chemical Engineering Journal 82 (2001) 57–71

Structured reactors for kinetic measurements in catalytic combustion
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Abstract

Two types of laboratory structured reactors, which closely resemble industrial monolith catalysts, are theoretically and experimentally
investigated for measurements of catalytic combustion kinetics under severe conditions: the annular reactor, consisting of a ceramic tube
externally coated with a thin catalyst layer and coaxially placed in a slightly larger quartz tube; and the metallic plate-type reactor, consisting
of an assembled packet of metallic slabs coated with a ceramic catalytic layer.

After a brief description of an active coating deposition method suitable to provide structured reactors with adequate characteristics,
a mathematical model analysis of the annular reactor aimed at the design of the optimal configuration for kinetic investigations is first
presented. The resulting advantages, including: (i) negligible pressure drops; (ii) minimal impact of diffusional limitations in high tem-
perature — high GHSV experiments; (iii) effective dissipation of reaction heat are then experimentally demonstrated for the case of CH4

combustion over a PdO/g-Al2O3 catalyst with high noble metal loading (10% w/w of Pd).
The feasibility of near-isothermal operation with the metallic plate-type reactor by an extremely effective dissipation of reaction heat

through proper selection of highly conductive support materials and of the geometry of the metallic slabs is finally discussed and experimen-
tally demonstrated for the case of combustion of CO at high concentrations over a PdO/g-Al2O3 (3% w/w of Pd) catalyst. © 2001 Elsevier
Science B.V. All rights reserved.
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1. Introduction

Catalytic combustion has been commercially applied for
a long time to the elimination of organic compounds in the
tail stream of combustion and industrial processes. Recently
novel applications devoted to the production of heat and en-
ergy are coming to the market. Commercialization of cat-
alytic combustors for gas turbines with ultra low emissions
of NOx CO and unburned hydrocarbons [1] has been started.
The first commercial application of XONON technology by
Catalytica [2,3] has been scheduled to be operational at the
750 MWe Pastoria Energy Facility in South California by
the summer of 2003 [4]. Also domestic catalytic burners
with NOx emissions below 5 ppm [5] have been launched
into the market. Besides several other catalytic combustion
devices (premixed radiant burners, industrial boilers, cook-
ers [6,7]) are currently under development both for domestic
and industrial uses.
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The industrial development of applications of catalytic
combustion to the production of heat and energy poses sev-
eral challenging problems both on the engineering and on the
catalyst science side. Among these problems investigation
of catalytic combustion kinetics under relevant conditions is
a key issue [8,9]: on the applied side determination of reli-
able kinetic expressions is a major milestone in the devel-
opment of mathematical models to be used for scale-up and
design purposes; on a more fundamental side assessment of
high temperature catalytic kinetics could provide insight into
the role of the heterogeneous reactions under steady-state,
ignited operations. Industrial applications of catalytic com-
bustion for the production of heat and energy are typically
extremely fast and strongly exothermic processes. Accord-
ingly under relevant conditions diffusional limitations and
marked temperature gradients can hardly be avoided which
make laboratory kinetic measurements an arduous task. A
short description of catalytic combustors for gas turbine ap-
plications would clarify this concept. In such devices the air
exiting from the compressor at 10–20 atm and 300–450◦C
is preheated with a diffusive burner, accurately premixed
with 2–4% of CH4 (natural gas) and then fed to the catalyst.
Within a residence time of few milliseconds, correspond-
ing to a gas hourly space velocity (GHSV) in the order of
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Nomenclature

Cf concentration of f-species
(mol/m3)

dh = 2[r0 − (ri + δw)] hydraulic diameter (m)
Da = RCOdh/DCOCCO Damkohler number for

CO combustion
Dea,f effective axial diffusivity

of f-species (m2/s)
De,f effective intraporous diffusivity

of f-species (m2/s)
Dm,f molecular diffusivity of

f-species (m2/s)
f friction factor
Gr = d2

hu/LDm,f material Graetz number
Kg,f mass transfer coefficient of

f-species (m/s)
L catalyst length (m)
n catalyst layer coordinate (m)
P pressure bar
Pf partial pressure of the

f-species (bar)
r0 internal radius of the

quartz tube (m)
r i external radius of the

ceramic tube (m)
rm radius of macropores (m)
rp radius of micropores (m)
RCO rate of CO combustion

(mol/m2/s)
Re= ρudh/µ Reynolds number
Rw CH4 combustion rate for

catalyst unit volume
(mol/m3/s)

R′
w CH4 combustion rate for catalyst

unit weight (mol/kg/s)
Shf = Kg,f dh/Dm,f Sherwood number of f-species
T temperature (K)
u axial gas velocity (m/s)
z axial coordinate (m)

Greek letters
ρ gas density (kg/m3)
δA size of the annular chamber (m)
δw thickness of catalyst washcoat (m)
εm volume fraction of macropores
εp volume fraction of micropores
µ gas viscosity (kg/m/s)
νf stoichiometric coefficient of f-species

Subscripts
0 inlet condition
g gas phase
w catalyst layer

107 h−1 catalytic light-off must be achieved at temperatures
as close as possible to those from the compressor air dis-
charge to minimize diffusive burner pre-heating. Upon ig-
nition the catalyst temperature increases up to 800–900◦C
so to heat the gas flow sufficiently to ignite gas phase com-
bustion in the following homogeneous section. It is worth
nothing that at this temperature the process is strongly af-
fected, but due to turbulent flow in the monolith channels,
not completely controlled by external diffusion so that cat-
alytic kinetics could still play a role. This indicates that the
300–900◦C temperature range and the 2–4% CH4 concen-
tration range should be relevant to kinetic investigations.
Non-adiabatic applications such as industrial and domestic
boilers are characterized by lower GHSV, but even higher
fuel concentrations, e.g. radiant catalytic burners are typi-
cally operated with an equivalent ratio of 1.3, which cor-
responds to 7.3% of inlet CH4 concentration, in order to
minimize heat losses associated with the hot exhaust gases.

Another peculiar feature of catalytic combustion is that,
due to the simultaneous presence of pressure drop and
mass/heat transfer constraints, structured catalysts (mono-
lith honeycombs and foams, fibrous panels) are typically
used, whose properties could be significantly different from
those of powder or grain catalysts used in conventional
laboratory packed bed reactors.

On the other hand, structured catalytic reactors, which
present strong analogies with the industrial catalysts, can be
conceived and designed to obtain chemical kinetics data un-
der extremely severe conditions. Along these lines McCarty
[10] developed the annular reactor for investigation of high
temperature kinetics of CH4 combustion on PdO-based cat-
alysts. This structured catalytic reactor consists of a ceramic
tube coated with a thin catalyst layer and co-axially placed
within a quartz tube to form an annular chamber where the
gas flows straightforward. Although no quantitative anal-
ysis was reported, McCarty claimed that, using small an-
nular gap distances (0.1–0.3 mm) and thin catalyst layers
(10–40mm), rate measurements were possible at high tem-
perature with minimal thermal and concentration gradients
across the gas boundary layer. A similar reactor configura-
tion, but with larger size of the annular chamber and thicker
catalyst layer, was adopted by Johansonn et al. [11] and by
Beretta et al. [12]. The latter authors performed an engi-
neering analysis of the annular reactor claiming the follow-
ing advantages: (i) possibility to achieve very high GHSV
with negligible pressure drops; (ii) possibility to maintain
partial conversion at high temperature; (iii) well defined ge-
ometry (and gas flow pattern) that allows one to take into
account diffusion effects; (iv) effective dissipation of reac-
tion heat through radiation from the catalyst skin. Taking
advantage of these features, a kinetic investigation of CO
combustion over Mn-substituted hexaaluminates was per-
formed. However, the data were markedly affected by exter-
nal diffusion, which was taken into account through exper-
imental determination of the mass transfer coefficient [12].
With respect to the onset of marked temperature gradients
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associated with the strongly exothermic combustion, another
structured reactor concept can be effectively exploited. By
means of mathematical model simulation of a multitubular
reactor for highly exothermic processes Groppi and Tron-
coni [13] theoretically demonstrated the capability of metal-
lic monolith catalysts to secure an extremely efficient dissi-
pation of reaction heat through a proper choice of support
material and monolith geometry. This result can be scaled
down to laboratory reactors for kinetic measurements by as-
sembling packets of highly conductive metallic slabs coated
with thin catalyst layer in a plate-type parallel-passage reac-
tor configuration. Such a concept has been recently, demon-
strated experimentally [14].

In this paper the potential of the annular and of the metal-
lic plate-type reactors for investigation of catalytic combus-
tion kinetics over very active PdO/g-Al2O3 catalysts will
be addressed. First a washcoating technique which allows
to deposit active layers with suitable geometrical, morpho-
logical and catalytic properties onto metallic and ceramic
structured supports will be described. Concerning the annu-
lar reactor, the design optimization by modeling analysis,
aimed at minimizing diffusional effects, will be illustrated,
and kinetic data on high temperature CH4 combustion will
be presented. Concerning the metallic plate-type reactor, the
effects of the support material and of the slab geometry on
the heat transfer properties will be discussed, and kinetic
data for combustion of CO at high concentrations will be
finally presented.

2. Experimental

2.1. Deposition of the catalyst layer

To prepare structured reactors suitable for kinetic investi-
gation a coating technique must be developed which allows
one to deposit onto ceramic and metallic supports active cat-
alyst layers with the following characteristics: (i) good ad-
hesion properties which resist under reacting conditions; (ii)
morphological and activity properties which resemble those
of industrial catalysts; (iii) uniform thickness which can be
controlled through preparation parameters.

In this work a washcoating procedure partially derived
from patent indications [15–17] has been adopted. The wash-
coat was deposited according to the following two steps: (a)
deposition of a pseudo-bohemite primer, prepared by dis-
persing 10% (w/w) of a commercial pseudo-bohemite (Dis-
peral, supplied by Condea Chemie) in a 0.4% (w/w) HNO3
solution; the supports were then dipped into the aluminum
hydroxide gel and dried at room temperature for 4–5 h; (b)
deposition of the PdO/g-Al2O3 washcoat: in this second
stage a catalytic powder prepared via dry impregnation with
a Pd(NO3)2 solution (Aldrich) of ag-Al2O3 with particle
size<0.1mm was suspended in a HNO3 aqueous solution.
The catalytic slurry was vigorously stirred for (16 h) in or-
der to obtain a gel-like suspension. The primerized supports
were then dipped and flash heated at 280◦C.

Fig. 1. Effect of HNO3 concentration in the slurry on the thickness of
the depositedg-Al2O3 layer.

The procedure above was tested over several metallic
foils (aluminum, AISI 304 steel, FeCr alloy and copper) and
over a-Al2O3 ceramic tubes. SEM micrographs and ultra-
sounds tests [15] evidenced good uniformity and adhesion
properties of the catalytic layer. The active coating exhibited
morphological and catalytic properties close to those of the
starting catalytic powders. CO catalytic combustion tests
performed with a packed bed filled with catalyst powder
and with a structured metallic plate-type reactor provided
the same CO2 productivity at given temperature and CO
feed concentration [19]. Measurements performed by N2
adsorption at 77 K (CarloErba Sorptomatic 1900 series) on
a granular sample, obtained by scratching a flash-heated
coating, provided a surface area of 110 m2/g. Porosity mea-
surements by Hg penetration performed on the same sample
provided a pore volume of 0.48 cm3/g with an average pore
radius of 80 Å. Such a porosity appears slightly low when
compared with the coating density of≈1 g/cm3 calculated
on the basis of independent thickness (SEM) and weight
measurements. Assuming a skeletal density of 3.5 g/cm3 for
g-Al2O3 [18] an additional pore volume of about 0.2 cm3/g
is expected. Such a pore volume could be associated with
both micropores, scarcely accessible to the reactants, and
macropores that, on the other hand, could enhance the in-
traphase diffusion rate. In the absence of direct evidence
for such a macropore fraction, its contribution has been
neglected in the simulation below in order to obtain a con-
servative estimate of the intraphase diffusion resistances.

An extensive investigation has been also performed on
the effect of several parameters of the deposition procedure
(water and HNO3 concentrations in the slurry, withdrawal
speed of the coated sample from the slurry) on the properties
of the active layers. In Fig. 1, the effect of HNO3 concentra-
tion in the slurry, identified as the most critical parameter, on
the layer thickness is reported. Data in Fig. 1, which refers
to a pureg-Al2O3 slurry, show that in the 0.3–2.9 mmol/g
HNO3 concentration range the layer thickness slightly
increases from 8 to 30mm. Above these concentrations
the layer thickness rapidly increases, passes through a
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Fig. 2. Schematic of the investigated structured catalytic reactors.

maximum and then gradually decreases. Good adhesion
properties have only been obtained for HNO3 concen-
trations below 3.6 mmole/g-Al2O3 i.e. for catalyst layers
thinner than 50mm.

The data above have clearly demonstrated that, through
proper selection of the parameters of the deposition pro-
cedure, uniform active layers as thin as 5–10mm can be
obtained which are well adherent and exhibit suitable mor-
phological and catalytic properties.

2.2. Structured reactors

Fig. 2a,b reports the schematics of the two investigated
structured reactors. The annular reactor (Fig. 2a) consists of
an internala-Al2O3 ceramic tube coaxially placed in an ex-
ternal quartz tube. The gas flows downwards in the annulus
between the ceramic and the quartz tubes. The PdO/g-Al2O3
(Pd = 10% w/w) catalyst is deposited on the external sur-
face of the ceramic tube, near the bottom of the annular
duct to enhance pre-heating of the gas phase. The bottom of
the ceramic tube is sealed with thermal cement to avoid gas
leakage. The reactor is placed vertically in an electric oven
(Tersid MTF 10/25) and is equipped with two sliding ther-
mocouples. The one placed inside the internal cavity of the
a-Al2O3 tube allows one to measure the axial temperature
profile of the catalyst, assuming thermal equilibrium across
the transverse section of the ceramic tube. The other one is
placed in a quartz well cemented to the external wall of the
quartz tube: measurements of temperature profiles from this
external thermocouple have been used to check the consis-
tency of the enthalpy balance.

In the case of the metallic plate-type reactor (Fig. 2b), the
catalyst consisted of four slabs (width= 46 mm, length=
200 mm), which were coated with PdO/g-Al2O3 (Pd= 3%
w/w, total coating load= 3.84 g) and assembled with spac-
ers 3 mm apart in order to form three parallel rectangular

channels. The slabs were made of aluminum (99.5% com-
mercial purity), with thickness of the two central slabs=
1 mm, and thickness of the two outer slabs= 0.5 mm,
since these were coated with catalyst on one side only. The
plate-type catalyst was eventually equipped with five 1/16 in.
stainless steel tubes at different transverse locations, acting
as thermowells for sliding J-type thermocouples, and loaded
into a stainless steel reactor tube (46 mm× 26 mm internal
cross section) placed inside an oven with air recirculation
(Mazzali Thermotest), which secured an uniform external
temperature distribution. The T-profiles along the upper and
lower external reactor walls were also monitored by two
sliding thermocouples. The pressure drop in the reactor was
negligible in all runs.

2.3. Kinetic tests

In both CH4 and CO combustion tests analysis of reactants
and products was performed by an online GC (HP 6890
Series) equipped with a Porapak Q and a 5 Å molecular sieve
3 m long packed columns with an in series TCD detector.
Carbon balance of all the considered runs were within±5%.

The targeted flow rate and feed composition was obtained
with electronic mass flow controllers (Brooks 5850 TR se-
ries). Test conditions were widely varied depending on the
reactor configuration and will be given in details in the fol-
lowing sections.

3. Results and discussion

3.1. Design of the annular reactor

3.1.1. Mathematical model
As stated above the use of annular reactors for kinetic

measurements in catalytic combustion has been already re-
ported in the literature [10–12]. However, no specific efforts
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have been devoted to the design of a reactor configuration
targeted to minimize the impact of diffusional limitations
on kinetic data. Taking advantage of the well defined geom-
etry of the annular reactor this task can be nicely performed
through classical design tools of chemical engineering.
Along these lines, a mathematical model of the annular
catalytic reactor has been developed under the following
assumptions: (i) one-dimensional lumped description of the
gas phase and two-dimensional distributed description of
the catalyst phase; (ii) fully developed laminar flow in the
annulus; (iii) steady-state conditions; (iv) isothermal cata-
lyst and gas phase; (v) negligible pressure drop; (vi) planar
geometry of the active washcoat in view of the high ratio
of ceramic tube radius to catalyst thickness (r i/δw > 50).

In order to account for all the possible “mass transfer
noises” on kinetics, the contributions of gas–solid external
diffusion, axial diffusion in the gas phase, internal diffusion
in the catalyst phase have been included. The model consists
of the following mass-balance equations for the gas and
catalyst phase:

f-species mass balances (f= CH4, H2O)

u
∂Cf ,g

∂z
= Dea,f

∂2Cf ,g

∂z2
− 4

dh

[
(ri + δw)

r0 + (ri + δw)

]
Kg,f (Cf ,g − Cf ,w) (gas phase) (1)

De,f
∂2Cf ,w

∂n2
+ νf Rw = 0 (catalyst phase) (2)

Boundary conditions:

u(Cf ,g − C0
f ,g) = Dea,f

∂Cf ,g

∂z
(atz = 0) (3)

∂Cf ,g

∂z
= 0 (atz = L) (4)

De,f
∂Cf ,w

∂n
= Kg,f (Cf ,g − Cf ,w)

(at g/w interfacen = δw) (5)

∂Cf ,w

∂n
= 0 (at catalyst/a-Al 2O3 interfacen = 0) (6)

The PDEs (1)–(6) have been solved numerically in dimen-
sionless form. Orthogonal collocations on finite elements
[20] with third-order polynomials in each element have been
used for discretization of concentration profiles along the
axial direction, whereas orthogonal collocations [20] have
been used for discretization of internal concentration pro-
files in the catalyst thickness. The resulting set of AEs has
been solved by a continuation method [21]. Seven elements
with constant mesh along the axial direction and four collo-
cation points along the normal direction have been required
to achieve numerical convergence.

The design of the annular reactor has been performed by
simulating CH4 lean combustion tests over a very active
PdO-based catalyst under conditions which typically corre-
spond to very fast reactions, i.e. high temperature (600◦C)

with a water-free feed. Pressure has been set to 1 bar in line
with the assumption of negligible pressure drop.

The following kinetic expression has been adopted for
methane combustion over Pd-based catalysts:

Rw =
(

KrCCH4,w

1 + KH2OCH2O,w

)
(mol/m3s) (7)

On the basis of literature indications, which report reac-
tion orders of 1, 0 and−1 in CH4, O2 and H2O concentra-
tion, respectively [22,23], the LHHW-type rate (Eq. (7)) has
been adopted instead of power law expressions proposed in
the literature to avoid numerical problems at the catalyst in-
let. Kinetic parameters have been tuned through preliminary
combustion experiments as to simulate a very fast reaction
providing 60% conversion at 600◦C, GHSV= 3× 106 h−1,
with a water free feed.

The physical properties of the gas phase have been cal-
culated assuming ideal gas behavior and using the Fuller
method [24] for evaluation of density and of molecular dif-
fusion, respectively. The axial diffusion coefficient has been
corrected to account for the additional dispersion associ-
ated with the laminar velocity profile in the 1D descrip-
tion of the gas phase [25]. However such a correction has
been found to be negligible (less than 1%) at the simulated
conditions.

Two types of catalyst morphology have been consid-
ered to assess the effect of intraporous diffusion: (i) one
mono-modal pore size distribution, that has been derived
from porosity measurements on the commercialg-Al2O3
available in our lab for coating purposes neglecting any
possible contribution of macropores in order to obtain a
conservative estimate of the internal diffusion resistances;
one bimodal pore size distribution with a significant macro-
pore fraction and enhanced effective internal diffusion
coefficients which have been calculated according to the
Wakao and Smith model [26].

Sherwood numbers for calculation of external mass trans-
fer coefficients have been derived from the heat transfer lit-
erature [27] on the basis of the analogy with the Graetz
thermal problem, for an annular geometry withr i /r0 ratio
close to one and with one adiabatic wall corresponding to
zero mass flux condition at the quartz wall. Entrance ef-
fects have been neglected assuming a constant value ofSh.
In fact the velocity profile is completely developed at the
inlet of the catalytic zone of the annulus. Also concentra-
tion profiles can be considered fully developed being the
material Graetz number(Gr = d2

hu/LDm,f ) lower than one
[27].

The set of model parameters used in the reactor design
analysis are summarized in Table 1.

In the simulations the radius of the quartz tube and the
length of the catalyst bed have been taken as constant,
whereas the radius of the ceramic tube and the thickness of
the catalyst layer have been varied as design parameters of
the reactor geometry.
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Table 1
Simulation parameters for the annular reactor

Sh∞ 5.385
Kinetics

Kr (s−1) 3.992× 103

KH2O (m3/mol) 3.509

Catalyst morphology

Pore distribution D
CH4
e,f (m2/s) D

H2O
e,f (m2/s) H2O

Monomodal:εp = 0.5225,rp = 9 nm 1.102× 10−6 1.042× 10−6

Bimodal: εp = 0.5225,rp = 9 nm, εm = 0.1, rm = 100 nm 3.060× 10−6 2.909× 10−6

Gas properties
Dm,f (m2/s) CH4 H2O

3.379× 10−4 3.826× 10−4

Operating conditions
Flow rate (cm3/s at STP) 1.67
T (K) 873
P (bar) 1
O2 (%, v/v) 20
CH4 (%, v/v) 0.75
He Balance

Geometry
L (m) 1.0 × 10−2

r0 (m) 3.50× 10−3

3.1.2. Simulation results
The following functions have been selected as design tar-

gets.

1. The average internal effectiveness factor, calculated ac-
cording to:

ηav
int =

∫ L

0

∫ δw
0 Rw(z, n) dn

Rw(z, δw)

dz

L
(8)

which is an index of the global impact of intraporous
diffusion.

2. The global effectiveness factor, defined as

ηglob = Keff
r

Kr
, (9)

i.e. the ratio to the actual kinetic constant,Kr, of the
pseudo-reaction rate constantKeff

r that must be included
in the following simple mathematical model of the annular
reactor to calculate the same CH4 conversion provided by
the more complex model described above:

u
dCf ,g

dz
= (ri + δw)2 − r2

i

r2
0 − (ri + δw)2

νf R
eff
w (10)

Cf ,g = C0
f ,g (atz = 0) (11)

with

Reff
w =

(
Keff

r CCH4,w

1 + KH2OCH2O,w

)
(mol/m3s) (12)

Such a simple model does not include any effect of dif-
fusion on reaction rate, so thatηglob corresponds to the rel-
ative error associated with the analysis of conversion data

when neglecting any diffusional phenomena, including in-
ternal, external gas–solid and gas phase axial diffusion. This
appears as a more convenient index to describe the reactor
performances than the classical effectiveness factor that ac-
counts only for the internal and the external gas–solid diffu-
sion. In Fig. 3a–d are reported the simulated contour lines of
the average internal (Fig. 3a and c) and the global effective-
ness factor (Fig. 3b and d) in catalyst thickness−size of the
annular chamber (δw − δa) plane. Simulation results plotted
in Fig. 3a, b and c, d refer to monomodal and bimodal pore
distributions (see Table 1), respectively.

Fig. 3a shows that with a monomodal distribution of
small mesopores internal diffusion becomes rapidly critical
on increasing the catalyst thickness. Average internal effec-
tiveness factors lower than 0.75 have been calculated with
δw = 20mm, and catalyst thickness must be kept as low as
10mm to achieveηav

int of about 0.9.
Comparison of Fig. 3b with Fig. 3a shows that in the

investigated range of geometrical parameters the global
effectiveness factor is only slightly lower than the internal
one. This demonstrates that internal diffusion is the most
critical phenomenon when keeping the size of the annular
chamber reasonably small. However some effect of external
gas diffusion can be observed as evidenced by the negative
slope of the contour lines of global efficiencies on increas-
ing δA. Such a negative slope could be associated both with
the external gas–solid mass transfer rate, that obviously
decreases on enlarging the annulus, and with the axial dif-
fusion. Indeed at constant molar flow rate the actual gas
velocity decreases on increasingδA so that the inhibiting
effect associated with backward diffusion of H2O produced
in the reaction becomes of growing importance. Noteworthy



G. Groppi et al. / Chemical Engineering Journal 82 (2001) 57–71 63

Fig. 3. Calculated contour lines of internal and global effectiveness factor with different catalyst morphologies in theδa − δw plane: (a)ηint with
monomodal pore distribution; (b)ηglob with monomodal pore distribution; (c)ηint with bimodal pore distribution; (d)ηglob with bimodal pore distribution.

simulations performed by settingDea,f = 0, i.e. neglecting
the effect of axial diffusion, provideηglob very close to
the value of the internal effectiveness factor indicating the
axial backward diffusion of H2O as the main responsible
for the decrease of external effectiveness factor (e.g. with
δw = 10mm andδA = 0.5 mm;ηglob = 0.8112 andηglob =
0.8734 have been calculated by neglecting and considering
axial diffusion, to be compared withηav

int = 0.8916).
The above results identify internal diffusion as the phe-

nomenon governing the global catalyst effectiveness fac-
tor. Accordingly significant advantages could be obtained
through deposition of active layers that exhibit a bimodal
pore size distribution with a significant fraction of macrop-
ores, which warrants higher values of the effective diffusion
coefficients. Comparison of Fig. 3c with Fig. 3a, clearly il-
lustrates this point: with the bimodal pore distribution aver-
age internal efficiencies above 95% are calculated forδw =
10mm and thicker washcoats up to 20mm still provide about
90%ηav

int. Fig. 3d shows that, due to the increase of internal
diffusion rate, gas phase diffusion plays a more important,
but still minor role in determining the global effectiveness
factor. In fact steeper negative slopes of the contour line are
obtained with respect to those observed in Fig. 3b. However
the global effectiveness factors are still quite close to the
correspondingηav

int.

Considering the difficulties associated with the precise as-
sessment of the porous texture and, even more, of the ef-
fective internal diffusion coefficient a conservative reactor
design withδw = 10mm andδA = 0.25 mm have been de-
rived from the above results as a reasonable (also from the
point of view of mechanical construction) configuration to
minimize the impact of diffusional phenomena. It is worth
stressing that the calculated 10% error associated with ne-
glecting diffusion in such a reactor configuration is of the
same order of the experimental error associated with con-
version measurements with±5% accuracy.

3.2. Experimental performances of the annular re actor

3.2.1. Pressure drop, role of homogeneous reaction and
thermal behavior

The reactor configuration above was first tested with N2
gas flow in order to check the pressure drop performances.
In Fig. 4 the experimental data obtained with a flow rate of
400 cm3/min STP, which corresponds to an actual linear gas
velocity of 2.5–5 m/s depending on temperature and pres-
sure, are compared with the pressure drop calculated accord-
ing to the classical literature formula [27]:

1P =
∫ L

0
ρ

(
u

du

dz
+ f

u2

δA

)
dz, f = 24

Re

(
ri

r0

)0.035

(13)
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Fig. 4. Comparison of calculated and experimental pressure drops in the annular reactor. Flow rate: 400 cc/min at STP.

where inlet effects have been neglected (constant friction
factor), but a differential formula has been used in order
to take into account the effect of the experimental temper-
ature profile on gas density (calculated assuming ideal gas
behavior) and velocity (derived from continuity equation).
Experimental data in Fig. 4 show that low, but not negligible
pressure drops have occurred under such high flow rate con-
ditions. Such pressure drops are accurately fitted using an
annulus size that deviates from the design value well within
the construction tolerance (0.2 versus 0.25 mm). This has
been taken as an evidence that no particular modification
from the design configuration, such as strong annulus eccen-
tricity, has occurred. However it is worth noting that pres-
sure drops as high as 0.5 bar observed at high temperature
could be critical for detailed kinetic investigations. Besides
this, result indicate that smaller annular chambers would
provide some benefits with respect to diffusion limitations,
but would result in serious pressure drop problems. On the
other hand, with the actual catalyst load of 2 mg correspond-
ing to the design configuration, a flow rate of 400 cm3/min
STP corresponds to GHSV higher than 107 cc/(g h) so that
it can be significantly decreased without seriously affecting
the possibility to collect kinetic data on very fast reactions.
Accordingly experiments with N2 flow rate of 100 cm3/min
STP have been performed showing negligible pressure drops
in all the investigated temperature range. Such a flow rate,
corresponding to GHSV= 3 × 106 cc/(g h), has been then
adopted in all the following kinetic experiments.

With such a flow rate blank experiments have been per-
formed using an uncoated densea-Al2O3 tube. The reactor
has been fed with 0.8% of CH4 in air and the oven tem-
perature has been varied in order to gradually increase the
maximum temperature measured by the internal thermocou-
ple at the bottom of the ceramic tube up to 900◦C. No CH4
conversion has been detected up to 850◦C and reacted CH4
has remained below 10% also at 900◦C. This indicates that
the contribution of catalytic combustion overa-Al2O3 as
well as the contribution of homogeneous reactions can be
neglected in all the relevant temperature range. It is worth

noting that the high surface to volume ratio associated with
the small size of the annulus can play a significant role in
quenching the homogeneous reaction. Indeed a similar effect
was claimed to allow safe handling of inflammable H2/O2
mixtures in microstructured reactors with small channels of
140× 200mm size [28], i.e. of the same order of those of
the annular reactor herein proposed.

Beretta et al. [12,29] have also investigated the behav-
ior of the catalyst temperature profiles during CO combus-
tion in an annular reactor with thicker catalyst layer (δw =
50–150mm) and larger annular chamber (δA = 1.125 mm),
pointing out that radiation through the external catalyst skin
is a quite effective mechanism for heat dissipation. The
thermal behavior has been further investigated for the spe-
cific reactor configuration adopted in this work. Detailed
results will be reported in a forthcoming paper [29], how-
ever a brief summary is given in Fig. 5, where the following

Fig. 5. Experimental temperature differences in the annular reactor during
CH4 combustion tests.T react−T blank: maximum difference between axial
temperature profiles during reaction and blank experiments performed at
the same flow rate and oven temperature;T int −T ext: maximum difference
between axial temperature profiles measured under reaction by the internal
and the external thermocouple;1Tbed: maximum temperature difference
along the catalyst bed as measured by the internal thermocouple.
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experimental temperature differences are plotted as func-
tions of the inlet CH4 concentration: (i) maximum differ-
ence between axial temperature profiles during reaction and
blank experiments performed at the same flow rate and oven
temperature (T react− T blank); (ii) maximum difference be-
tween axial temperature profiles measured under reaction
by the internal and the external thermocouple (T int − T ext);
(iii) maximum temperature difference along the catalyst bed
as measured by the internal thermocouple (1Tbed). The first
difference is an index of heat build up in the catalyst bed as
a balance between heat of combustion and heat dissipation
via all the possible mechanisms (radiation, convection and
conduction). It gradually increases with CH4 inlet concen-
tration as a result of the enhanced combustion heat, however
such an increase is very limited with respect to the corre-
sponding increment of adiabatic temperature rise. This is due
to the parallel enhancement of heat dissipation, that can be
inferred from the increased difference between the temper-
atures of the catalyst and of the external wall of the quartz
tube. The mechanism of effective heat dissipation has been
investigated by both theoretical and experimental methods
[30]. Calculations show that heat conduction through the ce-
ramic tube can be neglected. On the other hand, CO combus-
tion tests at temperatures ranging between 250–600◦C have
shown that both convection and radiation are effective heat
dissipation mechanisms for the investigated configuration.
Convection, which is quite effective due to the very small
size of the annulus, plays a major role at low temperature.
Radiation is of growing importance on increasing the tem-
perature and becomes the dominant mechanism at 600◦C.
As a result, catalyst temperature profiles during CH4 com-
bustion at 600◦C are maintained quite flat with an overall
temperature difference along the catalyst bed below 10◦C
(Fig. 5). It is worth noting that nearly isothermal condi-
tions have been obtained under more severe conditions than
those reported by Beretta et al. [29] (3% CH4 versus 3.5%
CO). The main reason for this is that, thanks to the mini-
mum amount of catalyst used in the annular reactor herein
described, extremely high GHSV are achieved with a flow
rate of 100 cm3/min (STP) only, which is about one order of
magnitude lower than those adopted by Beretta et al.. In fact
at fixed fuel conversion and concentration the rate of heat
production increases linearly with flow rate, whereas under
laminar flow conditions, which actually prevail in the reac-
tor, heat dissipation depends only on the reactor geometry.

Finally, it is worth pointing out that, as demonstrated by
preliminary catalytic combustion experiments, partial CH4
conversions could be achieved up to 600◦C over a very active
PdO/g-Al2O3 catalyst with 10% (w/w) of Pd, thus making
possible to collect kinetic data under conditions which were
not previously explored.

3.2.2. Kinetic measurements in CH4 combustion
On the basis of the above results an extended kinetic

study of CH4 combustion over the PdO/g-Al2O3 catalyst
with high metal loading has been then attempted in the fol-

Fig. 6. Effect of water on CH4 combustion over a PdO/g-Al2O3 catalyst.
Experimental data (points) vs. model prediction (lines).

lowing variable range:T = 400–600◦C; H2Oin = 0–9%
(v/v), CH4in = 0.8–3% (v/v), O2in = 5–20% (v/v), He to
balance; GHSV= 3×106 cm3/(g h). Deactivation problems
prevent to obtain well defined kinetics. In fact catalyst de-
activation has been observed under reaction conditions: the
CH4 conversion measured in repeated standard tests (T =
500◦C; H2Oin = 0% (v/v), CH4in = 0.8% (v/v), O2in =
20% (v/v) decrease from 50 to 35% after 50 h time on stream
(first phase) and decrease further to 30% after 200 h (second
phase). Within the scope of this work, i.e. the demonstration
of the reactor performances and not a detailed investigation
of the catalyst behavior, the catalyst activity has been con-
sidered constant in the following kinetic analysis based on
data collected in the second phase within a range of 20–30 h
time of stream.

This has allowed to collect several interesting indications
on high temperature reaction rates which are reported in de-
tails in [31]. As one of the most prominent results, data have
been obtained on the effect of water in the high temperature
range. This is still a debated issue in the literature. Indeed
water inhibition had been previously reported in the litera-
ture [22,23,32,33] on the basis of kinetic data collected up
to 400◦C. On the other hand, Dalla Betta and co-workers
[33] suggested that the effect of H2O inhibition on the igni-
tion temperature in the range of 400–420◦C is less important
than expected from low temperature kinetic studies. Indeed
ignition experiments performed in an adiabatic pilot scale
combustor evidenced that the light-off temperature increased
only from 396 to 414◦C on switching the gas preheating
device from an electrical heater to a diffusive burner. This
latter system produced an amount of water corresponding to
1.6% (v/v) in the feed, that, according to the authors, would
have resulted in a larger increase of the ignition temperature
in the presence of a strong inhibition effect.

Fig. 6 reports isothermal series of CH4 conversion data
as a function of H2O percent content in the feed. The data
clearly show that H2O strongly inhibits the reaction in all
the investigated temperature range. Noteworthy at 550 and
600◦C saturation is not achieved up to 9% (v/v) of H2O
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Table 2
Estimated values of kinetic parameters in the rate expression for CH4

combustion over the 10% PdO/g-Al2O3 catalyst, Eq. (14)

K ′
r at 773 K= 1.2 m3/kg/s Eatt = 63.6 kJ/mol

KH2O at 773 K= 5.00 m3/mol 1HH2O = −20.8 kJ/mol

in the feed, possibly due to the high reaction temperature.
Accordingly results of Dalla Betta and co-workers [34] are
likely not associated with a minor H2O inhibition effect at
high temperature, but should be reinterpreted by properly
considering the strong sensitivity of adiabatic ignition to the
inlet temperature.

Lines in Fig. 6 show that experimental data are nicely fit-
ted by a simple pseudo-homogeneous isothermal plug-flow
model of the structured reactor using the following rate ex-
pression, similar to that adopted in the design analysis, with
parameters reported in Table 2.

R′
w =

(
K ′

rCCH4

1 + KH2OCH2O

)
(mol/kg s) (14)

Eq. (14) also includes the effects of CH4 (first-order) and
O2 (zeroth-order) concentration observed in the complete
kinetic study [31]. On the other hand, the experimental data
could not be adequately fitted using the simple power law
expressions with−1 reaction order in H2O concentration
typically proposed in the literature [22,23,33]. In particu-
lar the data with H2O concentration below 3% were widely
mismatched suggesting that, in the temperature range herein
considered, inhibition due to water adsorption is not so
strong to originate a constant negative reaction order under
all the investigated conditions.

3.3. CO oxidation in the plate-type metallic reactor

3.3.1. Thermal behavior
In the following section we address the application of a

second structured system, namely the “high conductivity”
plate-type reactor, to the kinetic study of catalytic combus-
tion reactions.

The factors affecting removal of the reaction heat in struc-
tured catalysts with conductive supports have been investi-
gated theoretically [13,35] and experimentally [14] by some
of us. It has been shown that the thermal behavior of such
systems is influenced primarily by the intrinsic thermal con-
ductivity of the support material and by the geometrical fea-
tures of the support. Particularly, both simulation studies
and experiments pointed out that exothermic reactions over
plate-type catalysts with highly conductive metallic slabs
(made of, e.g. Al) would significantly decrease the hot spot
temperatures as compared to catalysts with thinner slabs
made of less conductive metals (e.g. stainless steel), the ef-
fective heat conductivity of the structured system being in
fact proportional both to the intrinsic conductivity and to the
thickness of the slabs. In line with such indications, the de-
sign of the plate-type catalyst/reactor system for the present

work was based on Al slabs with 0.5 mm half-thickness, in
order to achieve an excellent heat removal efficiency. The
goal was in fact to prove that enhanced effective thermal con-
ductivities are helpful in covering a broader range of condi-
tions when investigating the kinetics of strongly exothermic
catalytic reactions. Accordingly, an extensive set of CO oxi-
dation runs was performed in the metallic plate-type reactor:
in such runs, the reactor feed stream consisted of 0.7–8.8%
(v/v) CO in air or air/N2 (O2 concentration= 4–19% v/v),
with feed flow rates in the range 150–9000 cm3/min (STP)
(GHSV = 2500–150000 cm3/(g h)), always corresponding
to laminar flow conditions in the catalyst channels. The cat-
alyst temperature was varied between 105 and 450◦C. The
catalytic behavior in replicated runs was found nicely repro-
ducible over a time interval of a few months. Notably, to our
knowledge no other investigation of CO catalytic oxidation
has been reported which covers such an extensive range of
operating conditions. It is also worth mentioning that the
highest feed flows are here about two orders of magnitude
greater than in the case of the kinetic experiments in the
annular reactor discussed in the paragraphs above.

A first series of CO combustion runs in air was specif-
ically devoted to investigating the thermal behavior of the
metallic plate-type reactor. Fig. 7a–d show temperature dis-
tributions measured in the reactor at high CO feed contents
with low, intermediate and high feed flow rates. For small
feed flows (Q = 150 or 200 cm3/min, Fig. 7a, b) the tem-
perature distribution at 100% CO conversion was essentially
uniform throughout the structured catalyst, even for CO feed
concentrationsY 0

CO as high as 8.7% (v/v), corresponding to
an adiabatic temperature rise in excess of 750◦C. Only lim-
ited axial T-gradients (≈15◦C) became apparent at complete
conversion when the feed flow was incremented toQ =
1000 cm3/min, whereas the reactor was still isothermal with
the oven at moderate conversions (Fig. 7c). For a feed flow
of 5000 cm3/min andY 0

CO = 5% (v/v) (Fig. 7d), complete
CO conversion resulted in axial temperature gradients up
to 70◦C, because of the incremented thermal load, but the
temperature profiles were still flat in the case of partial con-
versions, such as those required for kinetic investigations.

Fig. 8 summarizes the experimental relationship between
the thermal load of CO oxidation runs (i.e. the heat evolved
by the reaction for given feed flow, CO feed content and con-
version) and the corresponding maximum measured temper-
ature difference between the catalyst and the reactor oven.
Inspection of Fig. 8 suggests that there may be some benefi-
cial effect of incremented flow rates in reducing the temper-
ature differences. On neglecting this aspect, we consider as
a first approximation that the slope of a straight line through
the data and the origin provides an estimate of the overall
resistance of the structured reactor to the removal of the re-
action heat. Based on the data in Fig. 8 such an estimate is
about 2.4 K/W. Due to the absence of any significant temper-
ature gradient on the catalyst layer and its substrate plates
in the direction transverse to flow, we can regard such heat
transfer resistances as essentially confined to the interface
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Fig. 7. Measured temperature profiles in CO combustion runs in the plate-type metallic reactor. Reaction conditions: (a)Y 0
CO = 0.07 in air, feed

flow = 200 cm3/min (STP),T oven = 156◦C, CO conversion= 100%; (b) Y 0
CO = 0.087 in air, feed flow= 150 cm3/min (STP),T oven = 160◦C, CO

conversion= 100%; (c)Y 0
CO = 0.05 in air, feed flow= 1000 cm3/min (STP); (d)Y 0

CO = 0.087 in air, feed flow= 5000 cm3/min (STP).
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Fig. 8. Correlation between maximum catalyst over temperature and
thermal load of CO combustion runs in the plate-type metallic reactor.

between the catalyst slabs and the inner wall of the reactor
tube. For feed flows in excess of 2000 cm3/min and high CO
conversions, however, we noticed the onset of temperature
gradients also between the outer wall of the reactor tube and
the oven atmosphere, indicating that external heat transfer
resistances would become significant in our experimental
system in the case of such high thermal loads.

The efficiency exhibited by the metallic plate-type reac-
tor in distributing and removing the heat of CO combustion
prompted us to investigate further its potential with respect
to the kinetic study of highly exothermic catalytic reactions,
including catalytic combustion reactions as well as, e.g.
partial oxidations of hydrocarbons.

3.3.2. Kinetic study
Previous published work on the kinetics of CO cat-

alytic combustion is related to Pt-based three-way catalysts
[36–38]. Limited feed concentrations of CO (≤4 vol.%)
and O2 (≤2 vol.%), as typical of automotive exhaust gases,
were used in the experiments.

We present herein a kinetic study of CO oxidation in
air over the 3% (w/w) Pd/g-Al2O3 catalyst in the metallic
plate-type reactor discussed above, which covers a very wide
range of CO feed concentrations up to 8.8 vol.%, i.e. close to
the lower flammability limit in air at atmospheric pressure.

During preliminary work, we found that a complete
kinetic investigation of CO oxidation in air over the
PdO/g-Al2O3 catalyst in the form of powder loaded in a
conventional flow microreactor was prevented by the onset
of strong temperature gradients as soon as the CO feed
content exceeded 3.5 vol.%. As mentioned before, however,

in the experimental field where operation of the microreac-
tor was feasible, we noticed a substantial agreement with
the catalytic activity data obtained in the plate-type reac-
tor with slabs coated by the same PdO/g-Al2O3 catalyst:
accordingly, testing the catalyst in the form of a washcoat
deposited onto Al slabs provides data which can be regarded
as representative of intrinsic catalytic kinetics.

Fig. 9 shows CO conversion data measured in CO oxida-
tion with air for a given CO feed content: they are plotted
versus the maximum catalyst temperature for different feed
flow rates. Fig. 10 illustrates the effect of varying the CO
feed content at a fixed feed flow rate. The PdO/g-Al2O3 coat-
ing resulted fairly active in CO combustion, with a light-off
temperature markedly increasing with increasing feed con-
centration of CO. This behavior corresponds to a negative
reaction order with respect to CO, in line with previous re-
ports on the kinetics of CO oxidation over noble metal cat-
alysts [36,37]. On the other hand, no significant effect of
CO2 was detected during dedicated runs with up to 8% (v/v)
carbon dioxide added to the feed.

A more detailed kinetic study was then addressed. The
goal was the development of a suitable rate expression in
view of its later inclusion into a mathematical model of the
structured reactor, by which the thermal behavior of our
coated plate-type systems could be analyzed. The adopted
empirical form of the rate expression, Eq. (15), was based on
literature kinetic studies of CO oxidation over noble-metal
catalysts [36–38]:

RCO = k1pCOp
1/2
O2

(1 + KCOpCO)2
(mol/kg s) (15)

Fig. 9. CO combustion runs in air, plate-type metallic reactor. Influence of
catalyst temperature and feed flow rate on CO conversion.Y 0

CO = 0.087.
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Fig. 10. CO combustion runs in air, plate-type metallic reactor. Influence
of catalyst temperature and CO feed concentration on CO conversion.
Feed flow rate= 500 cm3/min (STP).

Eq. (15) includes two kinetic parameters, namely the rate
constantk1 and the pseudo-adsorption constantKCO: their
estimates, along with their temperature dependence, were
determined by nonlinear regression on integral data from
100 CO oxidation runs, with CO percent conversion as the
experimental response, using a simple pseudo-homogeneous
isothermal plug-flow model of the structured reactor. The
data covered the effects of temperature, feed flow and inlet
feed concentrations of CO and O2. Only runs with less than
5◦C difference between maximum and minimum catalyst
temperature readings were considered.

Table 3 provides the estimates of the four rate parameters.
A strong correlation affecting the four estimates prevents
discussion of their individual values. The overall adequacy
of the fit is documented by the comparison of experimen-
tal data with model predictions in the parity plot of Fig. 11.
The average absolute error of the fit was 1.163; the average
percent error was 11.6, which well compares with the ex-
perimental uncertainty of the CO conversion measurements.

The significance of gas/solid (interphase) mass transfer
limitations in the plate-type reactor was ruled out a posteriori
based on the evaluation of the following Damkohler number:

Table 3
Estimated values of kinetic parameters in the rate expression for CO
combustion over the 3% PdO/γ Al2O3 catalyst, Eq. (15)

k1 at 473 K= 27.7 mol/kg/s/bar3/2 Eatt = 36.9 kJ/mol
KCO at 473 K= 84.8 bar−1 1HCO = −39.9 kJ/mol

Fig. 11. Parity plot for the kinetic analysis of CO combustion in the
plate-type metallic reactor.

Da = RCOdh

DCOCCO
(16)

In Eq. (16),dh represents the hydraulic diameter of the chan-
nels in the plate-type catalyst, i.e. twice the spacing between
slabs. The diffusivity of CO in air at temperature (T) was
evaluated according to

DCO = D0
CO

(
T

T0

)1.75

(17)

with D0
CO = 0.32 cm2/s = molecular diffusivity of CO in

air atT0 = 373 K [22]. It was found thatDa � 0.1 under the
conditions considered for the kinetic analysis. This indicates
that the rate of gas/solid mass transfer in the channels of the
plate-type catalyst was always much greater than the rate
of reaction, so that external diffusional limitations could be
safely neglected.

The role of intraporous diffusion was evaluated by means
of the following dimensionless group, representative of the
ratio between the observed rate of reaction and the rate of
internal diffusion:

Φ2 = RCOδw

De
COCCO

(18)

An order-of-magnitude estimate of 10−6 m2/s was used
for De

CO. It was found thatΦ � 0.1 under all the conditions
of the kinetic runs, which indicates the negligible effects of
intraporous diffusional limitations.

On the basis of the parameter estimates in Table 3, the
average reaction order with respect to CO was negative in
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the rangeY 0
CO = 0.01–0.09, and approached−1 at the high-

est CO feed contents. This further confirms the absence of
diffusional intrusions.

Rate (Eq. (15)) was successfully applied to the kinetic
analysis of CO oxidation over other structured catalysts sam-
ples with Pd/Al2O3 washcoats. It was also included in a
nonisothermal model of the metallic plate-type reactor, by
which an engineering analysis of the thermal behavior of
such a reactor was carried out [14].

4. Conclusions

The experimental and theoretical results presented in this
paper have demonstrated specifically designed structured
catalytic reactors as effective tools for kinetic investigation
of catalytic combustion reactions under severe conditions.

The following major advantages have been pointed out:

• the parallel flow pattern guarantees negligible pressure
drop with high flow rates, so that tests with extremely
high GHSV can be performed to investigate kinetics of
ultra-fast reactions under conditions representative of their
industrial application;

• the regular geometry allows one to define accurately the
fluid dynamics and particularly the gas/solid contact, even
in the case of catalyst loads of a few milligrams which
can be hardly handled in conventional packed bed reac-
tors; this can be exploited for reliable reactor design and
analysis by mathematical modeling;

• the impact of diffusion processes can be minimized
through reactor design combined with appropriate coat-
ing techniques;

• an effective dissipation of reaction heat can be achieved
through different mechanisms (radiation, convection and
conduction), which are typically not available in conven-
tional packed-bed reactors;

• the procedures followed for the preparation of the inves-
tigated structured catalysts, which are obtained by depo-
sition of active catalytic layers onto ceramic or metallic
supports, closely resemble those adopted for production of
industrial monolith catalysts, which guarantees the prac-
tical significance of the kinetic data.

The annular reactor configuration provides a good exam-
ple of how such advantages can be combined into a device
that can be manufactured in a very small scale with conven-
tional laboratory techniques and materials. In those cases
where dissipation of the reaction heat becomes the critical
issue, the plate-type metallic reactor can represent a valu-
able solution.
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